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Investigation of Solid Fuel Conversion in a Dual Fluidised Bed Gasifier 
– Modelling and Experiments 
LOUISE LUNDBERG 
Division of Energy Technology 
Department of Energy and Environment 
Chalmers University of Technology 
Abstract 
A substantial proportion of Sweden’s greenhouse gas emissions originates from the 
transportation sector, and the Swedish government has set the goal that the entire Swedish 
vehicle fleet will be independent from fossil fuels by 2030. One of the strategies 
investigated to achieve this goal is biomass gasification, which is a technology that can be 
used to transform lignocellulosic materials into a raw gas. This gas can be further upgraded 
into a transportation fuel, such as substitute natural gas (SNG), Fischer-Tropsch diesel, 
dimethyl ether, or methanol. Three major techniques can be used for biomass gasification: 
entrained-flow gasification; single fluidised bed gasification; and dual fluidised bed 
gasification (DFBG).  
This thesis focuses on DFBG with SNG as the end-product. For this process, there is an 
optimal overall efficiency of SNG production for a certain degree of char conversion in the 
gasification chamber. The aim of the work of this thesis is to elucidate how the degree of 
fuel conversion in the gasifier of a DFBG unit is influenced by different parameters. This 
knowledge is valuable for the design, upscaling, and optimisation of such units. 
For this purpose, semi-empirical modelling is combined with experimental work. The 
model is used to identify the key parameters that affect char gasification in a DFBG unit 
and to provide the corresponding sensitivity analyses. Furthermore, a general approach for 
optimising the definition of the conversion classes used in modelling the fuel population 
balance is proposed and evaluated. Experiments conducted at the laboratory scale examine 
how the conversion conditions of a fuel particle (fuel vertical mixing, fuel concentration, 
fuel size, pyrolysis atmosphere, and cooling of the char after pyrolysis) affect the char 
gasification rate. Experiments are also used to determine the particular kinetic and structural 
parameters of the biomass fuel used in the Chalmers DFBG unit.  
The 1D model, combined with the developed discretisation method for the fuel conversion 
classes and the experimentally determined kinetic and structural parameters, gave results 
that were in good agreement with the experimental data for the char conversion degree in 
the gasification chamber of the Chalmers DFBG unit. Furthermore, the experiments showed 
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that the position of the fuel during pyrolysis and char gasification had a significant effect 
on the char gasification rate, for conditions relevant for DFBG. Particle size was also 
identified as an important parameter. Thus, when carrying out laboratory-scale tests to 
generate fuel reactivity data to be used for modelling large-scale units, it is important to 
replicate the conditions experienced by the fuel particles in the large-scale unit and to use 
similar fuel sizes. 
Keywords: gasification, fluidised bed, biomass, modelling, char reactivity, char conversion 
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1. Introduction 
 
As a substantial part of Sweden’s greenhouse gas emissions (32% in 2013 [1]) originates 
from the transportation sector, the Swedish government has decreed that the entire Swedish 
vehicle fleet should be independent from fossil fuels by 2030. One of the options 
investigated to achieve this goal is biomass gasification, a technology that can be used to 
transform lignocellulosic materials into a raw gas, which can then be upgraded into a fuel 
for use in transportation, such as substitute natural gas (SNG), Fischer-Tropsch diesel, 
dimethyl ether (DME) or methanol [2, 3]. Biomass gasification can also be used to facilitate 
further integration of biomass into the energy system, e.g., through the production of a gas 
that has a high calorific value and that can be used in gas engines and turbines [3] or in 
Integrated Gasification Combined Cycle (IGCC) plants [2].  
Biomass gasification can be achieved through: 1) entrained flow gasification (EFG) [3, 4]; 
2) single fluidised bed gasification (FBG) [3, 4], also known as direct gasification; and 
3) dual fluidised bed gasification (DFBG) [2, 4], also known as indirect gasification. EFG 
and FBG are autothermal processes in which the heat required for the fuel conversion is 
provided by combusting part of the fuel. If this is done using air, the calorific value of the 
product gas is considerably lowered due to the presence of N2. To avoid this, pure O2 can 
be used, although this adds an additional energy cost that is related to the production of the 
O2 [2, 3]. Since DFBG is an allothermal process, heat is provided by circulating the bed 
material between a combustor and the gasifier. This opens up the possibility of retrofitting 
fluidised bed boilers into DFBG units; the Chalmers DFBG unit is an example of this [5].  
Table 1.1 summarises the main characteristics of the three biomass gasification techniques. 
To avoid agglomeration and sintering of the bed material, the temperature of the process is 
restricted for FBG and DFBG, which results in relatively high yields of tars. In contrast, 
EFG produces relatively low amounts of tar and other by-products. However, since EFG 
requires very small particles, fuel grinding is necessary. Pressurisation of the system is 
impractical for DFBG as it consists of two reactors, whereas it is possible for FBG and 
EFG. Complete fuel burnout, which is achieved in EFG and DFBG, is problematic in FBG.  
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Table 1.1. Operational conditions, advantages, and 
disadvantages for EFG, FBG and DFBG [2-4]. 
 EFG FBG DFBG 
O2 production/dilution with N2 Yes Yes No 
Maximum temperature >1600ºC* 800ºC–1000ºC 750ºC–1000ºC 
Yields of tars and by-products Low High High 
Fuel grinding required Yes No No 
Pressurisation possible Yes Yes No 
Fuel burnout Yes No Yes 
               *High temperatures are required to avoid extensive soot formation [4]. 
The focus of this thesis is DFBG with SNG as the end-product. For this type of system, 
there is an optimal overall efficiency for SNG production associated with a certain degree 
of char conversion in the gasification chamber (see Section 1.2.1). Accordingly, to be able 
to control the overall efficiency, it is important to understand how the degree of char 
conversion depends on different factors. This knowledge is also valuable for the design, 
upscaling, and optimisation of DFBG units. 
1.1. Aim 
The aim of this work is to gain knowledge about how the degree of fuel conversion in the 
gasification chamber of a DFBG unit is influenced by different parameters. For this 
purpose, semi-empirical modelling is combined with experimental work. The linkages 
between the investigated parameters and the modelling are shown in Fig. 1.4.  
The model is used to identify the key parameters that affect char gasification in a DFBG 
unit and to provide the corresponding sensitivity analyses. In addition, an approach is 
proposed and evaluated that is valid under all fuel conversion regimes for optimising the 
definition of the fuel conversion classes used in the fuel population balance. 
Experimental work at the laboratory scale is carried out to study how the conditions under 
which a fuel particle is converted affect the char gasification rate. Experiments are also used 
to determine the particular kinetic parameters of the biomass fuel used in the Chalmers 
DFBG unit.  
1.2. Background 
1.2.1. Dual Fluidised Bed Gasification for SNG Production 
The work presented in this thesis is carried out within the framework of the GoBiGas 
project [6], the objective of which is to use DFBG to produce SNG on a commercial scale 
(80–100 MW). Three different scales of equipment are currently being used within the 
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project to improve understanding of the processes that occur within the DFBG system: 1) a 
laboratory-scale bubbling fluidised bed gasifier [7]; 2) the 2–4-MW Chalmers gasifier [5]; 
and 3) a 20-MW demonstration plant operated by Göteborg Energi [6].  
The principle of DFBG, with its two interconnected fluidised beds, is depicted in Fig. 1.1. 
Fuel and steam are fed to the gasifier, a bubbling fluidised bed in which drying, pyrolysis, 
and partial char gasification take place. The remaining char is transported with the 
circulating bed material into the combustor, which is a circulating fluidised bed unit, where 
it is combusted with air to generate the heat required by the process (the internal heat 
demand). If the energy from char combustion does not provide enough heat, it is also 
possible to recirculate a fraction of the raw gas to the combustor, as shown in Fig. 1.1. 
 
Figure 1.1. Principle of DFBG. 
By setting up a heat balance within the system boundaries (indicated by the dotted line in 
Fig. 1.1), it is possible to calculate the overall efficiency of SNG production, ηSNG. It is here 
assumed that the energy content in the SNG is equal to the energy content of the methane 
in the SNG (see Appendix A for the detailed calculation). Figure 1.2 shows how the overall 
efficiency depends on the degree of char conversion in the gasification chamber, w, for 
three different ratios of H2/CO in the raw gas (here set as an input for the calculation of 
ηSNG).  
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Figure 1.2. Overall efficiency of SNG production as a function of the degree of 
char conversion in the gasifier, for three different ratios of H2/CO in the raw gas. 
As seen in Fig. 1.2, the overall efficiency initially increases with the degree of char 
conversion in the gasification chamber, as more of the fuel is converted to gas. At a certain 
value of w, the heat provided by char combustion exactly matches the internal heat demand 
(thermal equilibrium), yielding a peak in the overall efficiency. Thus, to the left of the peak, 
more char is combusted than what is needed to cover the internal heat demand, and cooling 
is required. To the right of the peak, combustion of a part of the raw gas is necessary to 
provide the required heat. Recirculation of the raw gas leads to an increase in the internal 
heat demand (see Appendix A), and this causes the overall efficiency of the process to 
decrease. The H2/CO ratio reflects the degree of water-gas shift (WGS) in the gasifier, 
which affects the internal heat demand. A higher H2/CO ratio implies a higher degree of 
WGS and that additional heat is generated by the WGS reaction (Reaction A.5) inside the 
gasifier. This lessens the need to circulate the raw gas, leading to an increase in the overall 
efficiency, as seen in Fig. 1.2. The resulting gas compositions for the three cases are given 
in Fig. 1.3. The dry raw gas is here assumed to consist of CO, CO2, H2, and CH4, although 
the method described in Appendix A can be expanded to include any number of gas species. 
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Figure 1.3. Mass composition of the raw gas as a function of the 
degree of char conversion, w, for three different H2/CO ratios. 
1.2.2. Parameters Affecting Char Conversion 
Char can be gasified with H2O and/or CO2 according to Reactions 1.1 and 1.2, respectively: 
𝐶 + 𝐻2𝑂 → 𝐶𝑂 + 𝐻2 (R.1.1) 
𝐶 + 𝐶𝑂2 → 2𝐶𝑂 (R.1.2) 
Char gasification is a relatively slow process, which means that for the fuel particle sizes 
that are typically used in fluidised bed units, the gaseous reactant (H2O or CO2) has time to 
diffuse into the char particle. The rate of char gasification within the particle can vary owing 
to temperature and/or concentration gradients, and the total surface area and porosity of the 
particle continuously change as char conversion proceeds [8]. 
As illustrated in Fig. 1.2, the degree of char conversion in the gasification chamber is 
important for the optimisation of DFBG, which means that it is crucial to understand its 
dependence on different factors. Both experiments and mathematical modelling can be 
useful in this regard. There are many parameters that affect the degree of char conversion 
in the gasification chamber of a DFBG unit. Some of these are listed in Table 1.2, together 
with the methods of investigation applied in this thesis. A description of how each 
parameter affects char conversion in DFBG is given below, as well as a brief review of 
previous work on the different issues.  
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Table 1.2. Parameters affecting the degree of char conversion in DFBG. 
Parameter affecting char conversion Method of investigation Papers 
Steam-fuel mixing Modelling 1 
Bed material recirculation Modelling 1 
Char reactivity for H2O gasification  Modelling and experiments 1, 2 & 4 
Char reactivity for CO2 gasification Not investigated - 
Gasification atmosphere (mixtures of H2O and CO2) Not investigated - 
Catalytic ash effects Not investigated - 
Hydrogen inhibition  Not investigated - 
Cooling of char after pyrolysis Experiments 3 
Pyrolysis atmosphere Experiments 3 
Fuel particle size Experiments 3 
Fuel location during pyrolysis Experiments 3 
Fuel location during char gasification Experiments 3 
… Not investigated - 
The steam-fuel mixing determines the amount of steam that is available for char 
gasification. Since the fuel particles in a fluidised bed typically reside in the emulsion phase 
rather than within the bubbles, the steam-fuel mixing is governed by the mass transfer 
between the bubble phase and the emulsion phase. Experiments in laboratory-scale units 
show that the mass transfer decreases with increasing bubble size [9].  
The recirculation of bed material between the combustor and the gasifier affects the degree 
of char conversion in two ways. Increased recirculation results in a higher temperature in 
the gasifier, thereby increasing the conversion rate. However, it also reduces the residence 
time of the fuel particles in the gasifier, which decreases the degree of conversion. Thus, 
there exists an optimal mass flow of recirculated bed material that maximises the degree of 
char conversion in the gasification chamber. 
The char reactivity for the reaction with steam (R.1.1) is one of the most important factors 
for char conversion in DFBG. There are large variations in the reported reactivities of 
different biomasses. In the review of Di Blasi [10], the activation energy for char 
gasification with steam ranges from 143 kJ/mole to 237 kJ/mole. This heterogeneity is 
partly due to difference in composition between different biomasses. In addition, the 
conditions under which the biomass char is generated affect the reactivity; for instance, 
chars produced at high heating rates have been found to be 2–3 times more reactive than 
those produced at low heating rates [11-15]. The steam-char contact during char 
gasification has also been found to influence the reactivity by affecting the structure of the 
char [10, 16]. 
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The reactivity of CO2 gasification of biomass char is several times lower than that of H2O 
gasification [17, 18]. For mixtures of CO2 and H2O, Nilsson et al. [19] found that the overall 
reaction rate of char gasification of dried sewage sludge can be approximated by simply 
adding the gasification rates of CO2 and H2O. Ash components (primarily K and Ca) have 
catalytic effects on the char reactivity [15, 20], whereas H2 has been observed to inhibit 
char gasification with H2O [18, 21, 22]. Cooling the char to room temperature before char 
gasification can cause the reactivity to decrease by up to 6-fold [17, 23]. The pyrolysis 
atmosphere (i.e., the fluidising gas during pyrolysis) could also potentially affect the char 
gasification rate [24, 25].  
Diffusional resistances increase with fuel particle size [17], which in turn decreases the 
gasification rate. In addition, smaller particles have a higher heating rate during pyrolysis 
than larger particles, which could potentially make smaller particles more reactive. Nilsson 
et al. [17] investigated the gasification rates of chars derived from sewage sludge in a 
fluidised bed reactor and they observed that diffusional effects were present for particles 
with a size of 4.5 mm at 900ºC, whereas they did not see an effect of particle size on the 
char gasification rate at 850ºC. However, when investigating the CO2 gasification of coal 
char particles and char fines, Li et al. [26] found that the fines had a larger total surface area 
and thus a higher reactivity than the larger char particles. 
The surrounding conditions experienced by the fuel particles vary depending on their 
vertical position within the fluidised bed, which has been shown to be affected by the 
fluidisation velocity, u0 [27]. For low fluidisation velocities, the level of axial particle 
segregation is high, and the fuel particles are likely to reside at the bed surface. In contrast, 
higher superficial velocities lead to increased mixing and the fuel particles are, to a greater 
extent, localised within the dense bed. Thus, it is possible that the operational conditions of 
a DFBG unit, by affecting the fuel axial mixing, influence the surrounding conditions of a 
fuel particle (e.g., the heating rate during pyrolysis, the steam-char contact during char 
gasification, and the fuel concentration), which in turn affect the char reactivity.  
1.2.3. Modelling Char Conversion 
A model of the gasifier of a DFBG unit can be used for process design, upscaling, and 
optimisation. Furthermore, such a model can be used to increase understanding of the 
process through sensitivity studies, as well as to identify key knowledge gaps that require 
experimental research is. 
Models of fluidised bed gasification can be divided into three groups according to their 
level of detail: computational fluid dynamics (CFD) models; semi-empirical models; and 
black box models [8]. In CFD models, the momentum balances are solved to acquire the 
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velocity fields of the gas and solid components, and critical assumptions regarding the 
interactions between the different phases are required [8]. Semi-empirical models use 
correlations to estimate the velocity fields, making them less computationally expensive 
than CFD models. However, their applicability is limited to the conditions that were used 
when determining the correlations [8]. Black-box models solve the overall, i.e., zero-
dimensional, heat and mass balances using empirical correlations. They are thus very 
simple to use, with very few inputs, but they do not give any information regarding the 
processes occurring inside the gasifier. As the correlations used are typically only valid for 
the specific conditions used to determine them, extrapolation of the input variables should 
be approached with caution [8, 28].  
The use of semi-empirical models is still the most commonly applied method for modelling 
solid fuel conversion in large-scale fluidised beds, as they offer a relatively high level of 
detail at a reasonable computational cost [8]. Several authors have developed semi-
empirical 3D models for solid fuel combustion in fluidised beds [29-31]. For fluidised bed 
biomass gasification, steady-state 1D modelling is the most common approach [8] (e.g., 
[32-34]), although there are examples of modelling of gasification in three dimensions [35]. 
Due to the relatively high level of solids mixing in fluidised beds, fuel particles at different 
levels of conversion can be present at virtually any location inside the reactor. The most 
rigorous way to treat this problem is to model the fuel conversion by tracking the location 
of each fuel particle (or parcel of particles) by solving its equation of motion (Lagrangian 
Particle Tracking; LPT). LPT, which is often used in a multiphase CFD framework, has 
been applied to CFB combustion and BFB gasification [36-39]. A less detailed approach is 
to assume constant conversion rates for each stage of fuel conversion and solve one mass 
balance for each of the three corresponding fuel components (moisture, volatiles and char). 
Constant rates obtained from correlations are commonly used in 0D models, in which the 
concentration field of the fuel particles is not solved [28]. This method has also been used 
for modelling drying and pyrolysis/devolatilisation in 3D models, combined with 
population balance modelling (see below) for char conversion [31]. 
A method that is more affordable (in terms of computational cost) than LPT and that offers 
a higher level of detail than the use of constant rates is to solve the fuel population balance. 
In this approach, the fuel conversion process is divided into several fuel conversion classes 
with different conversion rates, and one mass balance is solved for each conversion class. 
The use of population balances is the most commonly applied method to model solid fuel 
conversion in holistic models of large-scale CFB boilers [29-31, 40]. For FB gasifiers, 
population balances are used less commonly [8, 41]. 
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The discretisation of the conversion process is usually based on the fuel particle size, and a 
shrinking sphere model is used to describe the fuel conversion of a single particle [29, 31, 
40]. This approach is appropriate when the conversion takes place under the shrinking 
sphere regime, which is typical for char combustion where the reaction rate is high 
compared to the rate of diffusion of O2 into the particle [8]. Likewise, when conversion 
takes place in the shrinking density regime, density classes can be used. However, when 
there are temperature and/or concentration gradients within the fuel particle, which is often 
the case for char gasification and for the drying and devolatilisation of large fuel particles, 
an alternative discretisation method is needed. 
1.3. Structure of the Thesis 
This thesis summarises and links the modelling and experimental work described in the 
four attached papers. Figure 1.4 shows how the papers and the chapters/sections of the 
thesis (indicated in bold font) are connected to the modelling and experimental work and, 
thereby, to the aim of increasing the understanding of how fuel conversion in the 
gasification chamber of a DFBG unit is affected by various parameters. 
Figure 1.4 also illustrates how the parameters that affect the fuel conversion are investigated 
in this work, with the four papers in focus. The arrows in Fig. 1.4 indicate how the different 
parameters are connected to each other and to the models and the experimental work. The 
solid arrows describe connections that are investigated in this work (black, through 
modelling; grey, with experiments). The dashed lines represent connections that are 
included in the model but whose effects remains to be investigated. The dotted lines indicate 
connections that have not been explicitly examined in the present work and that have not 
yet been incorporated into the model. 
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Figure 1.4. Connections between the different papers of this 
thesis and the combination of modelling and experimental work. 
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The one-dimensional model for the bottom bed of the gasifier in a DFBG system (denoted 
the ‘1D model’) is described in Paper 1 and in Section 2.1 of this thesis. As described in 
greater detail in Sections 2.2–2.4, the fuel conversion within the 1D model was modelled 
using either: a) the shrinking sphere model (Paper 1); or b) a conversion class distribution 
based on a particle model (Paper 2), which was developed to increase the accuracy of the 
1D model. In Paper 2, a method for dividing the fuel conversion process into conversion 
classes is proposed and evaluated regarding its ability to minimise the computational cost 
of the fuel population balance used in the 1D model.  
The conducted experimental work consists of two parts: 1) an investigation of the effects 
on the char gasification rate of various parameters, such as the fuel concentration and the 
fuel vertical mixing (Paper 3 and Chapter 3); and 2) the determination of the char reactivity 
of the fuel used in the Chalmers gasifier, combining kinetic parameters with a structural 
model (Paper 4, Section 2.4, and Chapter 3). The resulting char reactivity model was 
subsequently incorporated into the particle model (Paper 2). 
  
12 
 
  
13 
 
2. Modelling 
2.1. 1D Model 
2.1.1. Theory 
The semi-empirical 1D model, developed for the dense bottom bed of the gasification 
chamber of a DFBG unit, discretises the reactor along a single lateral direction (that of the 
solids cross-flow). The considered mass and energy flows into and out of the gasifier, as 
well as the direction of discretisation are indicated in Fig. 2.1. 
 
Figure 2.1. Flows into and out of the gasifier of the Chalmers DFBG unit, 
as well as the direction of discretisation used in the 1D model (grey lines). 
The model includes a heat balance [Eq. (2.1)] and mass balances of the different gas species 
considered for the bubble and the emulsion phase [Eqs. (2.2) and (2.3), respectively], the 
bulk solids [Eq. (2.4)] and the conversion classes of the fuel components [Eq. (2.5a)]. 
0 = −𝐶𝑝,𝐵𝑀
𝑑
𝑑𝑥
(𝑢𝐵𝑀𝜌𝐵𝑀𝑇) −∑
𝑑
𝑑𝑥
(𝜃𝑢𝐵𝑀𝜌𝑘ℎ𝑘)
𝑘
 
+∑
𝑑
𝑑𝑥
((𝐷𝐹ℎ𝑘)
𝑑𝜌𝑘
𝑑𝑥
)
𝑘
+
𝑑
𝑑𝑥
((𝑘 + 𝑘′)
𝑑𝑇
𝑑𝑥
) +
𝑑
𝑑𝑥
(∑(𝐷𝐺ℎ𝑖𝜌𝐺,𝑒
𝑑𝑌𝑒,𝑖
𝑑𝑥
)
𝑖
) + 𝑆𝐸 
(2.1) 
0 = 𝐾𝑏𝑒(𝜌𝐺,𝑒𝑌𝑒,𝑖 − 𝜌𝐺,𝑏𝑌𝑏,𝑖) + 𝑆𝑏,𝑖 (2.2) 
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0 =
𝑑
𝑑𝑥
(𝐷𝐺𝜌𝐺,𝑒
𝑑𝑌𝑒,𝑖
𝑑𝑥
) + 𝐾𝑏𝑒(𝜌𝐺,𝑏𝑌𝑏,𝑖 − 𝜌𝐺,𝑒𝑌𝑒,𝑖) + 𝑆𝑒,𝑖 
(2.3) 
0 =
𝑑
𝑑𝑥
(𝐷𝐵𝑀
𝑑𝛷𝐵𝑀
𝑑𝑥
) + 𝑆𝐵𝑀 
(2.4) 
0 = −
𝑑
𝑑𝑥
(𝜃𝑢𝐵𝑀𝜌𝑘,𝑗) +
𝑑
𝑑𝑥
(𝐷𝐹
𝑑𝜌𝑘,𝑗
𝑑𝑥
) + 𝑆𝑘,𝑗 
(2.5a) 
The energy balance [Eq. (2.1)] includes convective and dispersive heat transfer by the bed 
material and the fuel components, conductive heat transfer, heat transfer by dispersion of 
the different gas components, and source terms of the energy flows into and out of the 
gasifier. 
The classical two-phase model approach [42] is used to describe the gas flow. It is based 
on the assumption that all the solid material and some of the gas resides in the emulsion 
phase, in which the superficial gas velocity is equal to the minimum fluidisation velocity, 
umf. The excess gas fed to the bed, i.e., that corresponding to a volumetric flux of u0-umf, 
passes through the bed in the bubble phase. Thus, for each gas species, two mass balances 
are formulated that correspond to the bubble phase [Eq. (2.2)] and the emulsion phase 
[Eq. (2.3)]. Mass transfer between the bubble phase and the emulsion phase is governed by 
the bubble-emulsion interchange coefficient, Kbe, whereas lateral gas transport within the 
emulsion phase is governed by the gas dispersion coefficient, DG. (Fig. 2.2). The source 
terms in Eqs. (2.2) and (2.3) include the WGS reaction and transport into and out of the 
gasifier, i.e., the gas entering the reactor and that leaving at the bed surface. 
 
Figure 2.2. Mass transfer of gas species between the bubble phase 
and the emulsion phase, as well as within the emulsion phase. 
In Eq. (2.4), it is assumed that the transport of bed material occurs through dispersive lateral 
mixing. By solving the potential flow function in Eq. (2.4), 𝛷𝐵𝑀, the velocity field induced 
by the cross-flow of bed material can be calculated with Eq. (2.6) [43]: 
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𝑢𝐵𝑀 =
𝐷𝐵𝑀
𝜌𝐵𝑀
(
𝑑𝛷𝐵𝑀
𝑑𝑥
) 
(2.6) 
The reactive fuel components (moisture, volatiles and char, or the entire ash-free fuel) are 
each divided into a number of conversion classes (see Section 2.2) and Eq. (2.5a) is solved 
for each class j of fuel component k. Equation (2.5a) includes convective and dispersive 
mass transport, as well as a source term that includes reactions and transport into and out 
of the gasifier. Equation (2.5a) is also used to calculate the concentration field of ash within 
the gasifier, using only one class and no reaction terms. In Paper 1, constant conversion 
rates were assumed for moisture and volatiles, and Eq. (2.5a) was solved for only one class 
for each of these fuel components. More details regarding the 1D model and Eqs. (2.1–2.6) 
can be found in Paper 1. 
2.1.2. Modelled Cases 
In Chapter 4, two different cases are considered: 1) a case that uses the dimensions and 
input data for the Chalmers gasifier [5], for which the degree of char conversion is relatively 
low (see Section 3.2); and 2) a case that uses a reactor that is three times longer but that has 
the same mass flow of steam for fluidisation, yielding a lower fluidisation velocity, and 
thereby lower values for the fuel dispersion coefficient [4] and the cross-flow impact 
factor [4]. This results in a longer residence time for the fuel and consequently, a higher 
degree of char conversion in the gasifier. The differences in input data between the two 
cases are given in Table 2.1. 
Table 2.1. Input data for the two cases investigated in Chapter 4. 
 Chalmers 
gasifier 
Larger 
gasifier 
Length of gasifier LChalmers 3·LChalmers 
Fluidisation velocity (m/s) 0.3 0.1 
Dispersion coefficient (m2/s)  0.002 0.001 
Cross-flow impact factor (-) 0.8 0.1 
In this work, the 1D model is used to perform a sensitivity analysis of how different input 
parameters affect the degree of char conversion in the gasification chamber of the Chalmers 
DFBG unit, as indicated by the solid black arrows in Fig. 1.4. 
2.2. Conversion Class Model 
Equation (2.5a) can also be written in the form of a population balance, for all fuel 
components, k, according to: 
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{
𝑟𝑎𝑡𝑒 𝑜𝑓 𝑚𝑎𝑠𝑠
𝑎𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑖𝑜𝑛
𝑜𝑓 𝑐𝑙𝑎𝑠𝑠 𝑗
} =
{
 
 
 
 
𝑖𝑛𝑐𝑜𝑚𝑖𝑛𝑔
𝑚𝑎𝑠𝑠 𝑓𝑙𝑜𝑤
𝑜𝑓 𝑐𝑙𝑎𝑠𝑠 𝑗
𝑓𝑟𝑜𝑚
𝑎𝑑𝑗𝑎𝑐𝑒𝑛𝑡
𝑐𝑒𝑙𝑙𝑠 }
 
 
 
 
−
{
 
 
 
 
𝑜𝑢𝑡𝑔𝑜𝑖𝑛𝑔
𝑚𝑎𝑠𝑠 𝑓𝑙𝑜𝑤
𝑜𝑓 𝑐𝑙𝑎𝑠𝑠 𝑗
𝑡𝑜 𝑎𝑑𝑗𝑎𝑐𝑒𝑛𝑡
𝑐𝑒𝑙𝑙𝑠 }
 
 
 
 
+ {
𝑚𝑎𝑠𝑠 𝑓𝑙𝑜𝑤
𝑒𝑛𝑡𝑒𝑟𝑖𝑛𝑔
𝑐𝑙𝑎𝑠𝑠 𝑗 𝑓𝑟𝑜𝑚
𝑐𝑙𝑎𝑠𝑠 𝑗 − 1
} − {
𝑚𝑎𝑠𝑠 𝑓𝑙𝑜𝑤
𝑙𝑒𝑎𝑣𝑖𝑛𝑔
𝑐𝑙𝑎𝑠𝑠 𝑗 𝑓𝑜𝑟
𝑐𝑙𝑎𝑠𝑠 𝑗 + 1
} (2.5b) 
In Eq. (2.5b), the term on the left-hand side (LHS) designates the rate of mass accumulation 
of fuel component k of conversion class j within a computational cell. In this work, the 
focus is on steady-state conditions, so the term on the LHS of Eq. (2.5b) is set to zero. The 
first two terms on the right-hand side (RHS) describe the convective and dispersive flows 
of class j. The third term on the RHS describes how fuel component k of class j-1 (i.e., a 
class of a lower degree of conversion) enters class j due to conversion, whereas the fourth 
term on the RHS designates the amount of fuel component k that leaves class j for a higher 
class, j+1, as it is converted.  
In Paper 1, the fuel conversion process was assumed to follow the shrinking sphere model, 
which implies the definition of size-based conversion classes. However, as discussed in 
Section 1.1.3, when there are concentration and/or temperature gradients within a fuel 
particle a more general discretisation approach is required. The conversion class model 
developed in Paper 2 is instead based on the degree of conversion, and is thus applicable to 
all conversion regimes.  
Figure 2.3 shows the principle of the conversion class model. Here, ṁ1,k designates the mass 
flow of fuel component k that has reached a certain degree of conversion, Xj+1,k, and thus 
leaves class j for class j+1. 
 
Figure 2.3. Principle of the conversion class model for three classes. 
The mass flow of fuel component k leaving class j is given by: 
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?̇?𝑗,𝑘 =
𝑑𝑚𝑐𝑜𝑛𝑣,𝑗,𝑘
𝑑𝑡
(1 − 𝑋𝑗,𝑘)
(𝑋𝑗,𝑘 − 𝑋𝑗+1,𝑘)
 
(2.7) 
A particle model (Section 2.3) is used to simulate the conversion of a single fuel particle, 
which results in conversion rates that vary with the degree of conversion. These conversion 
rate curves can be discretised, yielding a number of conversion classes, for which each class 
has an individual conversion rate. Figure 2.4a shows the degree of conversion of volatiles 
as a function of time, as given by the particle model, χk, and a linear approximation of the 
conversion, Xlin,k, given by discretising the process into three equally large classes, 
ΔXk = 33%. The shaded area, A1,k, is a measurement of the error of class j = 1.  
 
Figure 2.4. Degree of conversion of volatiles as a function of time 
(for a bed temperature of 800°C) for the particle model (black 
curves) and a linear approximation (grey curves) using: a) three 
equally large classes; and b) three classes with the same error. The 
shaded area represents the error of the linear approximation. 
As seen in Fig. 2.4a, when three equally large classes are used, the value of Aj,k becomes 
considerably higher for classes 1 and 3 than for class 2, resulting in a poor description of 
the conversion process. In order to decrease the error and to distribute it uniformly along 
the conversion process, the areas between the curves for each class need to be of similar 
magnitude. In Paper 2, a discretisation method, which is based on assigning the same value 
of Aj,k to all the classes, is described and evaluated, and the conversion class model is 
thereafter incorporated into the 1D model. Figure 2.4b shows the linear approximation of 
the conversion process given by this method. 
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2.3. Particle Model 
The particle model is discretised in space (1D) and time. It solves the energy and gas species 
transport equations taking into account the drying, pyrolysis, char conversion, and 
shrinkage of the particle. Models presented in the literature are used to describe drying and 
pyrolysis [44], whereas the char reactivity model and its corresponding kinetic and 
structural parameters are taken from Paper 4. Mass and heat boundary conditions for large 
active particles in a fluidised bed have been used [45]. More details about the particle model 
are given in Paper 2. 
2.4. Char Reactivity Modelling 
In Paper 1, char gasification is assumed to take place in the shrinking sphere regime. The 
efficient char gasification rate, which includes both the diffusion of water vapour from the 
surroundings to the particle surface and the kinetics, is modelled according to: 
𝑘𝑟𝑐,𝑒𝑓𝑓 =
𝑘𝑟𝑐ℎ𝑚
𝑘𝑟𝑐 + ℎ𝑚
 
(2.8) 
The kinetic rate constant, 𝑘𝑟𝑐, and the mass transfer coefficient, ℎ𝑚, are given by 
Eq. (2.9) [46] and Eq. (2.10) [47], respectively: 
𝑘𝑟𝑐 = 10
(0.2∙10−4𝐸𝑎+2)𝑒−𝐸𝑎/(𝑅𝑇) (2.9) 
𝑆ℎ =
ℎ𝑚𝑑𝑃
𝐷𝐴𝐵
= (2 + 0.6𝑅𝑒0.5𝑆𝑐1/3) (2.10) 
In Chapter 4, two different activation energies, 128 kj/mole and 158 kJ/mole, are tested to 
calculate the kinetic rate constant according to Eq. (2.9), yielding a “High” and a “Low” 
reactivity biomass, respectively [21, 46].  
In the literature, structural models have often been used to describe how the rate of char 
gasification changes with the degree of char conversion [8]. Paper 4 includes an 
investigation of how well three structural models fit the experimental data for char 
gasification of wood pellets (the fuel used in the Chalmers gasifier) in a laboratory-scale 
fluidised bed reactor. The reactivity model for char gasification used in Paper 4 is written 
according to Eq. (2.11) [48], assuming nth order kinetics: 
𝑅𝑚 = 𝑘0𝑒
−𝐸𝑎
𝑅𝑇 𝑃𝐻2𝑂
𝑛 𝑓(𝑋) 
(2.11) 
Here, 𝑋 is the degree of conversion, given by: 
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𝑋(𝑡) =
𝑚𝐶,0 −𝑚𝐶(𝑡)
𝑚𝐶,0
 
(2.12) 
𝑅𝑚 in Eq. (2.11) is the reactivity normalised with the initial mass of char: 
𝑅𝑚 =
𝑑𝑋(𝑡)
𝑑𝑡
= −
1
𝑚𝐶,0
𝑑𝑚𝐶(𝑡)
𝑑𝑡
 
(2.13) 
The three structural models, 𝑓(𝑋), tested in Paper 4 are: the grain model [49]; the random 
pore model [50]; and an empirical model [17] (Table 2.2). The empirical model was 
implemented in the particle model (Paper 2) to describe char conversion. 
Table 2.2. Structural models tested in Paper 4. 
Structural model f(X) Parameters 
Grain model (GM) (1 − 𝑋)2/3 - 
Random pore model (RPM) (1 − 𝑋)√1 − 𝛹ln(1 − 𝑋) 𝛹 
Empirical model (EM) (1 − 𝑋) (𝑎𝑋 + 𝑏)𝑒𝑥𝑝 (−𝑐𝑋𝑑) a, b, c, d 
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3. Experiments 
3.1. Laboratory-Scale Experiments 
The aims of the experimental work presented in this thesis were to: 1) investigate the effects 
on the char gasification rate of the fuel size and the surrounding conditions of the fuel 
particles (Paper 3); and 2) determine the char reactivity of the fuel used in the Chalmers 
unit (Paper 4). Figure 1.4 illustrates how these laboratory-scale experiments are linked to 
the modelling (solid grey arrows) and thus to the aim of increasing the understanding of 
how different parameters affect the degree of char conversion in the gasification chamber 
of a DFBG unit. 
A laboratory-scale bubbling fluidised bed reactor with an inner diameter of 7 cm was used 
in the experiments. The experimental set-up is presented in Fig. 3.1. The bed, which 
consisted primarily of silica sand, was fluidised with a mixture of H2O and N2 fed into the 
bed through a perforated ceramic plate. The reactor temperature was controlled by heating 
elements on the reactor walls. A slipstream of the gas mixture was extracted from the 
reactor using a gas probe, whereas the remaining gas exited through an exhaust hood. The 
extracted gas was transported through a particle filter and a condenser before reaching the 
gas analysers, where the concentrations of CO, CO2, and O2 were measured and logged on 
a computer. 
 
Figure 3.1. Experimental set-up. 
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The fuel particles could either be dropped into the bed from the top of the reactor and move 
freely inside the reactor (“free”, F) or be placed inside a wire-mesh basket. The basket was 
inserted into the reactor at one of the following locations: 1) completely covered by the 
dense bed (“inside bed”, IB); or 2) in a position such that the fuel particles mainly resided 
at the bed surface (“bed surface”, BS). As pyrolysis and char gasification were separated in 
time in the experiments, char gasification was not inhibited by volatile species. Thus, the 
observed gasification rates correspond to the maximum gasification rates that can be 
achieved in the gasification chamber of a DFBG unit, in the volatile-free areas far from the 
fuel-feeding ports. 
The wire-mesh basket was used to investigate the effect on the char gasification rate of the 
axial location of the fuel during pyrolysis and char gasification (Paper 3). Five different 
combinations of the fuel axial location were investigated (Table 3.1), using wood pellets 
(WP) or wood chips (WC) as the fuel. In some of the experiments with wood pellets, the 
pellets were cooled prior to char gasification, which allowed estimation of the char yield as 
well as investigation of the effect of cooling on the char gasification rate. Brunauer–
Emmett–Teller (BET) surface analysis with N2 was carried out on char samples that were 
extracted from the reactor after char gasification. 
Table 3.1. Fuel axial locations investigated in Paper 3. 
Pyrolysis Char gasification 
F F 
IB IB 
IB BS 
BS IB 
BS BS 
Abbreviations used: F, free inside the reactor;                  
IB, inside the bed; BS, at the bed surface. 
The influences of the pyrolysis atmosphere, fuel size, and number of pellets were 
investigated without the use of the basket. The experiments aimed at determining the kinetic 
parameters of the biomass used in the Chalmers unit (Paper 4) were also carried out without 
the basket.  
3.2. Pilot-Scale Experiments (Chalmers Gasifier) 
A schematic of the Chalmers indirect gasifier is shown in Fig. 3.2, with the combustor (a 
12-MW CFB) and the gasifier (a 2–4-MW BFB) indicated in red and orange, respectively. 
Some characteristic operational parameters and geometry data are given in Table 3.2.  
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Figure 3.2. Schematic of the Chalmers indirect gasifier. The combustor 
and the gasifier are indicated in red and orange, respectively. 
Table 3.2. Geometry and characteristic operational parameters of the 
Chalmers indirect gasifier. 
Parameter Value 
Cross-sectional area of gasifier (m2) 1.44 
Bed height (m) 0.4–0.6 
Bed material (-) Sand, olivine 
Bed material recirculation (kg/s) 4.0–6.5 
Fuel (-) Wood pellets, wood chips 
Fluidisation medium, gasifier (-) Steam 
Fluidisation velocity, gasifier (m/s) 0.1–0.3 
In Chapter 4, an experimental measurement of the degree of char conversion in the 
Chalmers gasifier is used to validate the 1D model. The value, 2% (with an experimental 
error range of 0%–10%), was determined in the work of Larsson et al. [5]. 
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4. Results and Discussion 
 
The most important findings from the four papers are presented and discussed in this 
chapter. For the results presented here, the focus is on how the fuel conversion, and in 
particular the degree of char conversion, is affected by different parameters. Figure 4.1 
illustrates the effects of the bed material recirculation, the gas-solids mixing, and the fuel 
reactivity on the degree of char conversion, as calculated using the 1D model described in 
Paper 1. An experimental value from the Chalmers gasifier is also shown (2% [5], see 
Section 3.2), as well as the uncertainty related to this measurement. Three different values 
of the bubble-emulsion interchange coefficient, Kbe [cf. Eqs. (2.2) and (2.3)], were used to 
describe the mass transfer between the bubble phase and the emulsion phase. Two biomass 
reactivities (“High” and “Low”; see Section 2.4) were investigated. 
 
Figure 4.1. Degree of char conversion as a function of 
bed material recirculation rate, for different reactivities 
and bubble-emulsion interchange coefficients. 
As expected, a peak occurs in the degree of char conversion at a certain bed material 
circulation rate for all the investigated cases, due to the trade-off between the increase in 
bed temperature and the decrease in residence time of the fuel, as discussed in Section 1.2.2. 
The Kbe value has a relatively strong impact on the degree of char conversion at high fuel 
reactivities, whereas the impact is weaker when the reactivity is lower.  
As seen, the biomass reactivity strongly affects the degree of char conversion. It should be 
noted that for the range of biomass reactivities investigated and with the size class model 
used to calculate the degree of char conversion in Fig. 4.1, the 1D model is unable to predict 
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the experimental value of 2% from the Chalmers gasifier, even when low Kbe values are 
used. As discussed in Section 1.2.2, the reactivity of a biomass char depends on both the 
fuel composition and the conditions under which it is generated and gasified. Thus, 
considering this and the results from Fig. 4.1, it is possible to conclude that when modelling 
the gasification of biomass char, it is inappropriate to apply kinetic parameters from the 
literature to conditions and biomasses for which these parameters were not determined. 
The determination of the kinetic parameters for the gasification of wood pellets is described 
in Paper 4. Figure 4.2 shows a comparison of the experimental reactivity and the modelled 
reactivities for steam gasification at 758ºC and XH2O = 89%vol, using the three structural 
models given in Table 2.2. As is evident in Fig. 4.2, only the empirical model can reproduce 
the experimental reactivity in a satisfactory manner. 
 
Figure 4.2. Experimental reactivity compared to the 
reactivities modelled using the grain model (GM), the random 
pore model (RPM), and the empirical model (EM). 
As seen, none of the structural models are able to predict the initial part of the conversion 
process (approximately corresponding to X < 5%). For X < 5%, f(X) in the particle model 
(Paper 2) is set to a constant value, namely f(X = 5%). 
In order to investigate whether or not the operational conditions of a DFBG unit can 
influence the degree of char conversion in the gasification chamber, the effects of the axial 
positions of the fuel during pyrolysis and char gasification on the char gasification rate of 
wood pellets (WP) and wood chips (WC) were examined in Paper 3. The results are given 
in Fig. 4.3, where the error bars include uncertainties regarding the char yield and the gas 
analysers. It is clear that the WP and WC have similar gasification rates, although there is 
a rather large uncertainty associated with the gasification rate of the WC, which is 
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attributable to the fact that the char yield of the WC had to be assumed. As seen, cooling 
the WP char after pyrolysis decreased the gasification rate somewhat (8–33%).  
 
Figure 4.3. Char gasification rates at a char conversion degree of 
X = 20% in Exps. 1–12. WP, wood pellets; WC, wood chips; 
P, pyrolysis; CG, char gasification; F, free within the gasifier; 
IB, inside the dense bed; BS, on the bed surface. 
As is evident from Fig. 4.3, the case labelled BS/IB (pyrolysis on the bed surface and char 
gasification inside the dense bed) has a significantly (1.6–2.0 times) lower gasification rate 
than the other cases involving non-cooled WP, and it also has the lowest gasification rate 
among the cooled WP and the non-cooled WC. This can be explained by examining the 
char pore structure. The BS/IB chars were subjected to a relatively low heating rate during 
pyrolysis, as well as a low steam-char contact during char gasification, due to the blocking 
effect of the bed material. This ought to result in relatively compact, less reactive chars with 
a higher resistance to internal diffusion than for the other chars of the same fuel categories. 
This notion is supported by comparing the fractions of micropore area in Table 4.1, which 
are 1.3–2.0 times higher for the chars from Exps. 4, 8, and 12 than for the same types of 
char in the other experiments. 
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Table 4.1. Degree of char conversion, BET surface area, and the fraction 
of micropore area after 25 minutes of char gasification of wood pellets 
and wood chips that were subjected to different boundary conditions. 
Exp. Fuel Boundary 
conditions 
Degree of char 
conversion (%) 
BET surface 
area (m2/g) 
Fraction of 
micropore area (-) 
2 WP IB/IB 87 1334 0.17 
4 WP BS/IB 63 1169 0.22 
5 WP BS/BS 87 1581 0.11 
7 WP IB/BS 88 1493 0.15 
8 WP BS/IB 62 1231 0.19 
9 WP BS/BS 81 1224 0.11 
11 WC IB/IB 82 469 0.14 
12 WC BS/IB 73 489 0.23 
Figure 4.4 shows the gasification rate as a function of the degree of char conversion for 
four different cases, all of which were conducted using a bed temperature of 855ºC and a 
steam concentration of 89%vol during char gasification. The fuel in the “base case” 
underwent pyrolysis in an atmosphere of pure N2, using ten whole pellets. In the remaining 
three cases, one of these parameters was varied: a mixture of steam (89%vol) and N2 (11%vol) 
was used during pyrolysis; five pellets were used instead of ten; or the pellets were crushed 
prior to pyrolysis. 
 
Figure 4.4. Gasification rate as a function of the degree of char conversion 
for different pyrolysis atmospheres, number of pellets, and fuel particle size. 
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As can be seen in Fig. 4.4, crushing the pellets had the greatest impact on the gasification 
rate, both quantitatively (the smaller the size, the higher the rate) and with respect to its 
dependence on the degree of conversion. The higher gasification rate of the crushed pellets 
can to some extent be attributed to the lower resistance to steam diffusion exhibited by 
smaller particles, as compared to larger particles. However, in the work conducted by 
Lundberg et al. [51], diffusion effects seemed to disappear at X > 20% for the conditions 
used in the experiments presented in Fig. 4.4. In addition to diffusional effects, the smaller 
particles were subjected to a higher heating rate during pyrolysis, which increases the char 
reactivity, as discussed in Section 1.2.2. The gasification rate was not affected by the 
pyrolysis atmosphere, whereas it increased somewhat when the number of pellets (i.e., the 
fuel concentration) was decreased. The influence of the number of pellets on the 
gasification rate may be explained by inherent variations in the fuel composition [52], 
which become more prominent when smaller batches of pellets are used. In parallel, a lower 
fuel concentration reduces the amount of H2 in the surrounding gas, and thereby, decreases 
the level of H2 inhibition, which results in a higher gasification rate [21]. 
As the operational conditions of a DFBG system can influence the fuel mixing, and thereby, 
the vertical distribution of fuel particles and the environment to which the particles are 
exposed, they can have an effect on the maximal char gasification rate (in the absence of 
volatile species). Consequently, in char reactivity tests, it is important to replicate the 
conditions under which the char is generated and gasified at the desired end-scale, using 
similar fuel sizes. Furthermore, in such tests, cooling the char prior to char gasification 
should be avoided, as this decreases the char reactivity. 
In order to improve the modelling of the fuel conversion, a conversion class model was 
developed and evaluated in Paper 2. Figure 4.5 shows how the error, εk [defined in Eq. (16) 
in Paper 2], depends on the number of classes, Nk, using: a) the simple method of setting 
the value of ΔXj,k equally high (Fig. 2.4a); and b) the proposed method based on setting all 
values of Aj,k equally high (Fig. 2.4b). As seen in Fig. 4.5b, to achieve an error of less than 
5%, three classes are sufficient to describe the drying and char gasification, whereas four 
classes are needed to describe the pyrolysis, using the proposed method. Comparing 
Figs. 4.5a and 4.5b, it is evident that the error is significantly (up to 10-fold) larger when 
equally large classes are used, especially for pyrolysis, for which as many as ten classes are 
required to achieve an error below 5%. It should also be noted that the use of only one class 
(equivalent to using constant rates), results in large errors (25%–37%), which can be 
reduced significantly by introducing a few extra conversion classes. 
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Figure 4.5. The error as a function of the number of classes used for the 
three stages of fuel conversion at 800ºC for: a) when the ΔXj,k values are 
equally high; and b) the proposed method with equally high values of Aj,k. 
The conversion class model was combined with the determined kinetic and structural 
parameters and incorporated into the 1D model. Figure 4.6 shows how the degree of char 
conversion depends on the number of char conversion classes used for the two cases 
described in Section 2.1.2. As seen, when only one class is used, the degree of char 
conversion is strongly under-predicted for both cases. It then increases with the number of 
classes used, but after 4–6 classes, the change is less prominent, and the degree of char 
conversion stabilises at around 6% for the Chalmers gasifier and at around 71% for the 
larger gasifier. 
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Figure 4.6. Dependency of the modelled degree of char conversion in the 
gasification chamber on the number of char classes used. 
Figure 4.7 shows the dependence of the degree of char conversion on the recirculation of 
the bed material, as predicted by the 1D model, for Kbe = 10 s-1. 
 
Figure 4.7. Degree of char conversion in the Chalmers gasifier as a 
function of the recirculation of the bed material. Kbe = 10 s
-1.  
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As seen, the degree of char conversion predicted by the 1D model is now within the margin 
of error of the experimental char conversion degree (0%–10%), thus giving a much better 
fit than when literature data were used in combination with the shrinking sphere model 
(Fig. 4.1).  
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5. Conclusions 
 
The effects of different parameters on the degree of fuel conversion in the gasifier of a 
DFBG unit have been investigated through modelling and experiments. The developed 1D 
model was used to investigate how the degree of char conversion in the Chalmers gasifier 
is influenced by different factors, among which the char reactivity was identified as a 
critical parameter. The model was able to predict a peak in the degree of char conversion at 
a specific bed material recirculation rate. The effect of gas-solids mixing on the char 
reactivity was found to increase with the biomass reactivity. 
A suitable discretisation method was identified for the conversion classes used in the 
population balances for modelling fuel conversion. The developed method was 
subsequently incorporated into the 1D model and used to model char conversion in large-
scale units. Around 4–6 classes were needed to describe the char conversion in a 
satisfactory way, and the modelled char conversion degree was within the error margin of 
the experimentally determined value obtained using the Chalmers gasifier. 
Furthermore, the influences of the fuel size and the surrounding conditions of a fuel particle 
on the char gasification rate were investigated experimentally. It was found that the fuel 
positions during pyrolysis and char gasification have a significant effect on the char 
gasification rate, for conditions relevant for DFBG; when pyrolysis on the bed surface was 
followed by char gasification inside the dense bed, the char gasification rate was up to 2-
fold lower than it was for the other three studied combinations, all of which yielded similar 
char gasification rates. Cooling the char after pyrolysis decreased the char gasification rate 
for all the cases studied, whereas the pyrolysis atmosphere had no significant effect on the 
char gasification rate. Fuel particle size was found to affect both the gasification rate (the 
smaller the particle size, the higher the rate) and its dependence on the degree of char 
conversion, in a way that could not be entirely explained by diffusional effects. Thus, when 
carrying out laboratory-scale tests to determine fuel reactivity data to be used in the 
modelling of a large-scale unit, it is important to replicate the conditions experienced by 
the fuel particles in the large-scale unit, using similar fuel particle sizes. 
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6. Future Work 
 
As seen in Table 1.2, the effects of additional parameters on the degree of fuel conversion 
need to be determined. H2 inhibition, ash effects, CO2 gasification, and the gasification 
atmosphere are mentioned in Table 1.2, but this list should not be considered exhaustive. 
Furthermore, the 1D model will be validated using new data from the Chalmers gasifier 
and the GoBiGas project. The 1D model will also be developed into a 3D model, which 
will include the freeboard in the gasification chamber.  
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Notation 
 
Roman letters   
a 
parameter used in  the EM 
(-) 
k’ 
dispersion heat transfer coefficient 
(W/m/K) 
Aj 
error of class j 
(s)  
k0 
pre-exponential factor 
(bar-0.4s-1) 
b 
parameter used in  the EM 
(-) 
Kbe 
bubble-emulsion interchange coefficient 
(s-1) 
c 
parameter used in  the EM 
(-) 
krc rate constant of CG (m/s) 
Cp 
heat capacity 
(J/mole/K) 
krc,eff 
effective rate constant of CG  
(m/s) 
D 
dispersion coefficient 
(m2/s) 
LChalmers 
length of the Chalmers gasifier 
(-) 
d 
parameter used in  the EM 
(-) 
lf 
loss factor 
(J/Jfuel) 
DAB 
binary diffusion coefficient 
(m2/s) 
LHV 
lower heating value 
(J/mole) 
dP 
particle diameter 
(m) 
m 
mass 
(kg) 
Ea 
activation energy 
(J/mole) 
M molar mass (kg/mole) 
f(X) 
structural model 
(-) 
ṁj 
mass flow leaving class j 
(kg/s) 
h 
enthalpy 
(J/kg) 
mC 
mass of carbon 
(kg) 
ΔH 
heat of reaction 
(J/mole) 
mC,0 
initial mass of carbon 
(kg) 
hm 
mass transfer coefficient 
(m/s) 
n 
exponent of gaseous reactant (steam) 
(-) 
k 
thermal conductivity 
(W/m/K) 
nCO,0 
initial number of moles of CO 
(moleCO/moleF) 
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nH2,0 initial number of moles of H2 
(moleH2/moleF) 
 
R 
reaction rate 
(s-1) 
Nk 
number of classes of fuel 
component k (-) 
R 
gas constant  
(J/mole/K) 
nRG 
molar flow of dry raw gas 
(moleRG/moleF) 
Rm 
conversion rate  
(s-1) 
nshift 
moles shifted in WGS 
(moleshifted/moleF) 
S 
source term  
(depends on equation) 
PH2O 
partial pressure of steam  
(bar) 
SFR 
steam-to-fuel ratio  
(kgS/kgF) 
qcomb 
heat of combustion  
(J/moleF) 
T 
temperature  
(K) 
qCH4,out 
potential heat content in CH4  
(J/moleF) 
t 
time  
(s) 
qdemand 
internal heat demand  
(J/moleF) 
u 
velocity  
(m/s) 
qdev 
heat of devolatilisation  
(J/moleF) 
w 
degree of char conversion in gasifier  
(-) 
qheat,A 
demand for heating air  
(J/molefuel) 
X 
degree of conversion  
(-) 
qheat,F 
demand for heating fuel  
(J/molefuel) 
x 
space coordinate  
(m) 
qheat,RG 
demand for heating raw gas 
(J/molefuel) 
x 
fraction reacting in R.A1  
(-) 
qheat,S 
demand for heating steam 
(J/molefuel) 
ΔXj size of class j (-) 
qgasif 
heat of char gasification 
(J/molefuel) 
Y 
gas mass fraction 
(kg/kg) 
qloss,W 
heat loss through walls 
(J/molefuel) 
y 
fraction of recirculated gas 
(-) 
qshift 
heat of WGS reaction 
(J/mole) 
z 
part of remaining fuel reacting in R.A2 
(-) 
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Greek letters Dimensionless numbers 
γ H2/CO ratio (mole H2/mole CO) Re Reynolds number (-) 
εk error of fuel component k Sc Schmidt number (-) 
ηSNG overall SNG efficiency (kJ/kJfuel) Sh Sherwood number (-) 
θ cross-flow impact factor (-)   
ρ mass concentration (kg/m3) Acronyms 
Φ potential flow function (kg/m3) BET Brunauer–Emmett–Teller 
ψ parameter used in the RPM (-) BFB bubbling fluidised bed 
  BS bed surface 
Indices CG char gasification 
20 20% char conversion CFB circulating fluidised bed 
A air CFD computational fluid dynamics 
b bubble phase DFBG dual fluidised bed gasification 
BM bed material DME dimethyl ether 
c combustor EFG entrained flow gasification 
CH char EM empirical model 
conv conversion F free 
e emulsion phase FB fluidised bed 
E energy FBG (single) fluidised bed gasification 
F fuel GM grain model 
G gas IB inside dense bed 
g gasifier IGCC integrated gasification combined cycle 
i gas species LHS left-hand side 
in inlet LPT Lagrangian particle tracking 
j conversion class P pyrolysis 
k fuel component RHS right-hand side 
p products RPM random pore model 
RG raw gas SNG substitute natural gas 
r reactants WC wood chips 
S steam WGS water gas shift 
  WP wood pellets 
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Appendix A: Calculation of the Overall Efficiency of the DFBG 
Process for SNG Production 
 
The equations and data used in the example calculation of the overall efficiency of the 
DFBG process for SNG production (Fig. 1.2) are presented in this section. The overall 
efficiency of SNG production, ηSNG, is given by the energy content of the methane leaving 
the system boundaries in Fig. 1.1 [𝑞𝐶𝐻4,𝑜𝑢𝑡 , Eq. (A2)], divided by the energy content of the 
biomass: 
𝜂𝑆𝑁𝐺 =
𝑞𝐶𝐻4,𝑜𝑢𝑡
𝐿𝐻𝑉𝐹
 (A1) 
The biomass is here represented by C1.5H2O (approximately corresponding to the 
compositions of the WP and WC given in Paper 2) and the decomposition of the fuel is 
assumed to take place according to R.A1–R.A3 (Table A1), as schematised in Fig. A1. The 
specific conversion steps illustrated in Fig. A1 are chosen to simplify the calculations and 
consist of the following: in R.A1, a fraction x of the biomass decomposes into char (C1.5) 
and steam; the remaining biomass, (1-x), forms CH4 and CO2 through R.A2, or CO and H2 
through R.A3. While z is the fraction of the biomass remaining after R.A1 that reacts 
through R.A2, (1-z) is the fraction that undergoes R.A3. The values for x and z were chosen 
to give a reasonable char yield (15%daf) and a realistic composition of the volatile gases 
(see Fig. 1.3 at w = 0).    
 
Figure A1. Schematic of the decomposition process for biomass. 
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A fraction w of the char formed in R.A1 can subsequently undergo char gasification (R.A4). 
Furthermore, the gas species can undergo the WGS reaction (R.A5) and the methanation 
reaction (R.A6). Adding R.A5 to R.A6 and multiplying by 0.75 yields the overall reaction 
given by R.A7. This reaction expresses how the products from R.A3 and R.A4 can be 
converted into CO2 and CH4, which will maximise the methane production. 
Table A1. Reactions used in the example. 
Reaction Heat of reaction (kJ/mole) 
Reaction 
no. 
𝐶1.5𝐻2𝑂 → 𝐶1.5 +𝐻2𝑂        { ∆𝐻1 = 𝐿𝐻𝑉𝑝,1 − 𝐿𝐻𝑉𝐹} (R.A1) 
𝐶1.5𝐻2𝑂 + 0.5𝐻2𝑂 → 0.75𝐶𝐻4 + 0.75𝐶𝑂2 {∆𝐻2 = 𝐿𝐻𝑉𝑝,2 − 𝐿𝐻𝑉𝐹} (R.A2) 
𝐶1.5𝐻2𝑂 + 0.5𝐻2𝑂 → 1.5𝐶𝑂 + 1.5𝐻2          {∆𝐻3 = 𝐿𝐻𝑉𝑝,3 − 𝐿𝐻𝑉𝐹} (R.A3) 
𝐶1.5 + 1.5𝐻2𝑂 → 1.5𝐶𝑂 + 1.5𝐻2          {∆𝐻4 = 𝐿𝐻𝑉𝑝,4 − 𝐿𝐻𝑉𝑟,4} (R.A4) 
𝐶𝑂 + 𝐻2𝑂 ↔ 𝐶𝑂2 + 𝐻2         {∆𝐻5} (R.A5) 
3𝐻2 + 𝐶𝑂 ↔ 𝐶𝐻4 + 𝐻2𝑂         {∆𝐻6} (R.A6) 
1.5𝐶𝑂 + 1.5𝐻2 ↔ 0.75𝐶𝑂2 + 0.75𝐶𝐻4 {0.75 ∙ (∆𝐻5 + ∆𝐻6) = 𝐿𝐻𝑉𝑝,2 − 𝐿𝐻𝑉𝑝,3} (R.A7) 
The maximal energy content of methane leaving the system is thus given by: 
𝑞𝐶𝐻4,𝑜𝑢𝑡 = ((1 − 𝑥) ∙ 𝐿𝐻𝑉𝑝,2 + 𝑥 ∙ 𝑤 ∙ 𝐿𝐻𝑉𝑝,2) ∙ (1 − 𝑦) (A2) 
In Eq. (A2), y is the fraction of gas that is recirculated to the combustion chamber. As seen, 
qCH4,out contains both the heat content of the CH4 formed in R.A2 and the heat content of 
the CH4 that potentially can be formed by CO and H2 (R.A3 and R.A4, through R.A7) in 
the shifting and methanation steps outside the system boundaries, and therefore gives the 
maximum efficiency when inserted into Eq. (A1).  As seen in Eqs. (A1) and (A2), the 
overall efficiency depends on the fraction of recirculated raw gas, y. To calculate y, a heat 
balance can be set up, in which the internal heat demand of the processes within the system 
boundaries shown in Fig. 1.1., qdemand, has to be covered by combustion of the char 
remaining after gasification and combustion of the raw gas, qcomb: 
𝑞𝑑𝑒𝑚𝑎𝑛𝑑 = 𝑞𝑐𝑜𝑚𝑏 (A3) 
The internal heat demand is divided into one loss term, four terms related to the heating of 
steam, fuel, air, and recirculated raw gas, respectively, and three reaction terms: 
𝑞𝑑𝑒𝑚𝑎𝑛𝑑 = 𝑞𝑙𝑜𝑠𝑠,𝑊 + 𝑞ℎ𝑒𝑎𝑡,𝑆 + 𝑞ℎ𝑒𝑎𝑡,𝐹 + 𝑞ℎ𝑒𝑎𝑡,𝐴 + 𝑞ℎ𝑒𝑎𝑡,𝑅𝐺 + 𝑞𝑑𝑒𝑣 + 𝑞𝑔𝑎𝑠𝑖𝑓 + 𝑞𝑠ℎ𝑖𝑓𝑡 (A4) 
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Here, qshift is the heat required by the WGS reaction that occurs within the gasification 
chamber. As methanation (and if necessary, additional shifting) takes place outside the 
system boundaries, these processes are not included in the internal heat balance [Eq. (A3)]. 
Table A2 summarises the loss terms and reaction terms in Eq. (A4). 
Table A2. Definitions of the loss, heat demands, and 
reaction terms in Eq. (A4) (kJ/molefuel). 
 Description Equation Name 
𝒒𝒍𝒐𝒔𝒔,𝑾 
Heat loss through 
walls of system 
𝑙𝑓 ∙ 𝐿𝐻𝑉𝐹 (A5) 
𝒒𝒉𝒆𝒂𝒕,𝑺 
Demand for heating 
steam to Tg 
𝑆𝐹𝑅 ∙ 𝑀𝑆 ∙ 𝐶𝑃,𝑆 ∙ (𝑇𝑔 − 𝑇𝑆,𝑖𝑛) (A6) 
𝒒𝒉𝒆𝒂𝒕,𝑭 
Demand for heating 
fuel to Tg 
𝑀𝐹 ∙ 𝐶𝑃,𝐹 ∙ (𝑇𝑔 − 𝑇𝐹,𝑖𝑛) (A7) 
𝒒𝒉𝒆𝒂𝒕,𝑨 
Demand for heating 
air to Tc 
[𝑦 ∙ (1 − 𝑥 + 𝑥 ∙ 𝑤) + 𝑥 ∙ (1 − 𝑤)] 
∙ 1.5 ∙ 4.77 ∙ 𝐶𝑝,𝐴 ∙ (𝑇𝑐 − 𝑇𝐴,𝑖𝑛) 
(A8) 
𝒒𝒉𝒆𝒂𝒕,𝑹𝑮 
Demand for heating 
recirculated gas to Tc  
𝑛𝑅𝐺 ∙ 𝑦 ∙ 𝐶𝑝,𝑅𝐺 ∙ (𝑇𝑐 − 𝑇𝑅𝐺,𝑖𝑛) (A9) 
𝒒𝒅𝒆𝒗 
Heat of 
devolatilisation 
𝑥 ∙ ∆𝐻1 + (1 − 𝑥) ∙ (𝑧 ∙ ∆𝐻2 + (1 − 𝑧) ∙ ∆𝐻3) (A10) 
𝒒𝒈𝒂𝒔𝒊𝒇 
Heat of char 
gasification 
𝑥 ∙ 𝑤 ∙ ∆𝐻4 (A11) 
𝒒𝒔𝒉𝒊𝒇𝒕 
Heat of the WGS 
reaction 
𝑛𝑠ℎ𝑖𝑓𝑡 ∙ ∆𝐻5 (A12) 
 
The loss term, qloss,W, corresponds to the heat lost through the walls of the system; it is 
assumed that 5% (= lf) of the heat content of the fuel is lost in this way. The second and 
third terms in Eq. (A4) are related to heating the steam and fuel to the temperature of the 
gasifier, whereas the fourth and fifth terms describe heating of the air and recirculated raw 
gas to the temperature of the combustor (the recirculated raw gas is cooled prior to entering 
the combustion chamber for practical reasons, e.g., pressurisation). In Eq. (A9), nRG 
(moleRG/moleF) is the relative molar flow of dry raw gas exiting the gasifier: 
𝑛𝑅𝐺 = 3 ∙ ((1 − 𝑥) ∙ (1 − 𝑧) + 𝑤 ∙ 𝑥) + 1.5 ∙ (1 − 𝑥) ∙ 𝑧 +
𝑞𝑠ℎ𝑖𝑓𝑡
∆𝐻5
 
(A13) 
The number 3 in Eq. (A13) comes from the number of moles of products in R.A3 and R.A4: 
1.5 + 1.5 = 3. Likewise, 1.5 is the total number of moles formed in R.A2 (0.75 + 0.75 = 
1.5). The last term describes the number of moles of H2O being converted to H2 in the 
WGS reaction. 
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Equations (A10)–(A12) describe the heat produced or consumed during devolatilisation, 
char gasification, and in the WGS reaction. In Eq. (A12), nshift is the number of moles shifted 
in the WGS reaction per mole of biomass. For a certain H2/CO ratio, γ, nshift is given by: 
𝑛𝐻2,0 + 𝑛𝑠ℎ𝑖𝑓𝑡
𝑛𝐶𝑂,0 − 𝑛𝑠ℎ𝑖𝑓𝑡
=
1.5 ∙ ((1 − 𝑥) ∙ (1 − 𝑧) + 𝑤 ∙ 𝑥) + 𝑛𝑠ℎ𝑖𝑓𝑡
1.5 ∙ ((1 − 𝑥) ∙ (1 − 𝑧) + 𝑤 ∙ 𝑥) − 𝑛𝑠ℎ𝑖𝑓𝑡
= 𝛾 
(A14a) 
→ 𝑛𝑠ℎ𝑖𝑓𝑡 = 1.5 ∙ ((1 − 𝑥) ∙ (1 − 𝑧) + 𝑤 ∙ 𝑥) ∙
𝛾 − 1
𝛾 + 1
 
(A14b) 
As described above, the heat demand is met by the combustion of char and a part of the raw 
gas: 
𝑞𝑐𝑜𝑚𝑏 = 𝑥 ∙ (1 − 𝑤) ∙ 𝐿𝐻𝑉𝑝,1 + 𝑦 ∙ ((1 − 𝑥) ∙ (𝑧 ∙ 𝐿𝐻𝑉𝑝,2 + (1 − 𝑧) ∙ 𝐿𝐻𝑉𝑝,3)
+ 𝑥 ∙ 𝑤 ∙ 𝐿𝐻𝑉𝑝,4 − 𝑞𝑠ℎ𝑖𝑓𝑡) 
(A15) 
Inserting Eqs. (A5)–(A14) into Eq. (A4), and setting Eq. (A4) equal to Eq. (A15), the 
necessary fraction of recirculated raw gas, y, can be calculated, making it possible to 
calculate the overall efficiency using Eq. (A1). The data used to calculate ηSNG in Fig. 1.2 
are given in Table A3. 
  
49 
 
Table A3. Parameters used in the given example. 
 Description Value/equation Unit 
CP,A Heat capacity of air 0.034 kJA/(moleA∙K) 
CP,F Heat capacity of fuel [53] (4.206 ∙ 𝑇𝐹̅̅ ̅  −  37.7)
𝑀𝐹
1000
  kJF/(moleF∙K) 
CP,RG Heat capacity of recirculated gas 0.035 kJRG/(moleRG∙K) 
CP,S Heat capacity of steam 0.038 kJS/(moleS∙K) 
lf Loss factor through walls 0.05 kJloss/kJF 
ΔH5 Heat of WGS reaction -41 kJ/moleshift 
LHVF LHV of fuel 675 kJF/moleF 
LHVp,1  LHV of products in R.A1 590 kJp,1/moleF 
LHVp,2  LHV of products in R.A2 602 kJp,2/moleF 
LHVp,3,4  LHV of products in R.A3 and R.A4 787 kJp,3,4/moleF 
LHVr,4  LHV of reactants in R.A4 590 kJr,4/moleF 
MF Molar mass of fuel 0.036 kgF/moleF 
MS Molar mass of steam 0.018 kgS/moleS 
SFR Steam-to-fuel ratio 0.8 kgS/kgF 
TA,in Air inlet temperature 773 K 
Tc Combustor temperature 1173 K 
TF,in Fuel inlet temperature 298 K 
Tg Gasifier temperature 1103 K 
TRG,in Inlet temperature of recirculated gas 323 K 
TS,in Steam inlet temperature 140 K 
x See Fig. A1 0.3 - 
z See Fig. A1 0.5 - 
γ H2/CO ratio 0.7, 1.0 and 3.0 moleH2/moleCO 
 
